Our results point to the weakness in assuming, as is
usually done, that the maximum value of PDI for con-
densation reactions in a well-mixed batch reactor is 2.
Thus, if a polymerization reaction is controlled by mon-
itoring the number average molecular weight, the result-
ing M, can be widely different, depending on whether
R was slightly below or above 1. Thus, for K = 10,

if R is 0.99, M, is 100 M4, and M, is 200 M,, but if R

is changed to 1.01, M, remains the same, but M,, be-
comes 1800 M. In this connection, it is to be noted
that the maximum value attained by MPDI (and not
the PDI) for all R is 2, but a modified definition of
number average has to be employed to get the value
of M,. Since the unreacted monomer contributes only
negligibly to M, this is almost the same as M,’. Thus,
though M, and M, will be widely different, the M,
and M,,” are almost equal.

When K > 2, another unusual feature is observed in
the MWD itself. At sufficiently large but incomplete
conversion, the probability « — v of finding an unreacted
A group attached to a polymer is so low that it is less
than the product of the probability y of reaction of an A
group attached to a polymer and the probability (1 — «)
of finding an unreacted B group. Hence, the weight
fraction of the species of the type (BBAA), is lower
than the weight fraction of the species of the type
(BBAA),BB. Thus, the weight fraction of any species
containing an even number of units is less than the
weight fraction of the next larger species containing one
more unit, even when n is large. This disparity in the
weight fractions is so large that two separate curves,
one each for molecules containing even and odd number
of units, may be drawn as done in Figure 8 for K = 5,
This disparity is present, though in a decreased form,
even when « — 1.

NOTATION

A = molar concentration of A;A, or AC or AA
A, = initial molar concentration of A A, or AA or AC

initial molar concentration of BB

Bo =

K = kg/ k1

k4, ks = reaction rate constants of the monomer

M, = moleculur weight of A;A; or AA or AC

My = molecular weight of BB

M, = number average molecular weight

M, = number average molecular weight, excluding the
monomeric contribution

M,, = weight average molecular weight

M,/ = weight average molecular weight, excluding the
monomeric contribution

pn = molar concentration of polymer having (n + 1)
units of A;A, or AC or AA and n units of BB,
the superscripts indicate the end group in case
of A1A2

g» = molar concentration of polymer having (n — 1)
units of A;A, or AC or AA and n units of BB

ta» == molar concentration of polymer having n units
of AjA; or AC or AA and n units of BB, super-
script indicates the end group in case of A;A,

R = Ao/ Bo

t = time

a = fraction of initial B groups that reacted

B = fraction of initial A; groups or cyclic monomer
or monomer with induced asymmetry that reacted

v = ratio of initial A, groups or C groups or poly-

meric A groups that reacted to the initial num-
ber of the corresponding monomer molecules
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Effectiveness Factors and Mass Transfer

in Trickle-Bed Reactors

Rates of hydrogenation of x-methyl styrene were measured at 40.6°C
and 1 atm in a recycle, trickle-bed reactor using a palladium/aluminum
oxide catalyst. Data for different hydrogen concentrations in the gas and

MORDECHAY HERSKOWITZ
R. G. CARBONELL

liquid feed streams suggested that except, at high liquid flow rates, on and
part of the outer surface of the catalyst the mass transfer limitation was

very small, indicating a gas covered type of surface. A procedure was
developed for evaluating effectiveness factors for the nonuniform boundary
conditions existing when part of the particle surface is covered by gas.

J. M. SMITH

University of California
Davis, California 95616

SCOPE

In downflow of liquid and gas over a bed of catalyst
particles, in the gas continuous regime (Charpentier,
1976), the outer surface of the particles may not be com-
pletely covered with liquid. Fractional coverages f, or

0001-1541-79-2313-0272-801.35. © The American Institute of Chem-
ical Engineers, 1979.
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wetting efficiencies, have been measured indirectly (for
example, Colombo et al., 1976; Satterfield, 1975; Satter-
field and Ozel, 1973; Schwartz et al., 1976; Morita and
Smith, 1978) and found to be between about 0.6 and 1.0,
If at least one limiting reactant is in the gas phase, as in
hydrodesulfurization, incomplete coverage may affect the
global rate and reactor design. The rate is expected to

AIChE Journal (Vol. 25, No. 2)



increase as f decreases because the resistance to mass
transfer of reactant from gas to particle will be less than
from gas to liquid to particle. The increase will be greater
for catalysts with high intrinsic rates. One can observe
that the entire surface of the particles in a trickle-bed re-
actor is wetted. In the trickle flow regime, a fraction
of the surface of a given particle is likely to be covered
by a liquid film much thicker than the liquid film sur-
rounding the remainder of the catalyst surface. The frac-
tional coverage f has to be interpreted in terms of regions
of the catalyst surface that have different mass transfer
characteristics. To simplify the description, we refer to
regions of the catalyst surface with thin liquid films and
small liquid phase mass transfer resistance as the gas-cov-
ered side, the remainder as the liquid-covered side, and
to the particle themselves as being partially covered by
liquid.

The objectives of our work were twofold. We wanted
first to measure global rates at operating conditions such
that f would change and that this change would have a
significant effect on the rate. The second objective was
to develop a theory for predicting the global rate, or
overall effectiveness factor, for catalyst particles partially
covered by liquid. This required deriving an effectiveness
factor for a nonuniform concentration on the outer sur-
face of the particle and accounting for different mass
transfer resistances on the liquid and gas covered parts
of the outer surface.

Global rates were measured for the hydrogenation of
a-methyl styrene on palladium/aluminum oxide catalyst

particles in a batch-recycle (for the liquid phase) reactor
operated at 40.6°C and 1 atm pressure and with a low
(less than 109,) conversion per pass. In order to evaluate
the prediction method for global rates in trickle beds, it
was necessary to determine both intrinsic kinetics (the re-
action is irreversible and first order) at an interior site and
the intraparticle diffusivity, This was done by measuring
rates as a function of flow rate for two catalyst particle
sizes in an upflow, liquid-full (no gas phase) reactor. To
improve the accuracy of the diffusivity, data were taken
for several catalyst activities. The activity was varied by
changing the amount of palladium deposited on the alu-
minum oxide particles. Such information was sufficient to
separate the external mass transfer resistance and the
intraparticle diffusion resistance from the intrinsic rate.

In the trickle-bed reactor, three types of experiments
were carried out. First, hydrogen gas and liquid styrene,
in equilibrium with respect to hydrogen concentration,
flowed over a short bed of catalyst. The liquid rate was
varied over a wide range in order to change f and to
evaluate the resultant effect on the global rate. In the
second type, nitrogen was used as the gas feed and styrene
saturated with hydrogen as the liquid feed. These data
showed the effect of the liquid covered surface on the
rate by eliminating most of the reaction on the gas
covered surface of the particles. Thirdly, hydrogen gas
and styrene deficient in hydrogen were fed to the reactor.
Results from these three kinds of experiments provided
information on the effect of the gas-covered surface on
the global rate.

CONCLUSIONS AND SIGNIFICANCE

For the catalyst activities employed, the liquid full
data showed that both external and intraparticle mass
transfer significantly affected the global rate. Effective-
ness factors ranged from 0.05 to 0.6. When corrected for
the reduced external surface of the porous particles, the
external mass transfer coefficients agreed reasonably well
with available correlations.

For high catalyst activities in liquid full operation, the
global rate decreased significantly with decreasing liquid
flow rates. In contrast, for the same hydrogen concentra-
tion, the rate in trickle-bed operation did not exhibit this
significant decrease. This seems likely due to the increase
in gas-covered surface and the resulting increase in re-
action rate at the low liquid flow rates. Hence, our data
suggested that global rates will be higher in trickle bed
than in liquid full operation, at low liquid rates.

For the high-activity catalyst (2.59, palladium), the
rate was higher at low liquid velocities than at high
velocities. This suggested that f was less than unity at the
Iow liquid velocities and that the contribution to the
global rate due to the gas-covered surface was greater
than that from the liquid-covered surface. Additional,
striking evidence for this conclusion was provided by the
trickle-bed runs with nitrogen feed and with a hydrogen
deficient styrene feed. For the runs with nitrogen as the
gas feed, the global rate approached zero as the liquid
rate decreased. In contrast, the rate increased as the lig-
uid rate approached zero for the runs with hydrogen-gas
feed but a styrene feed low in hydrogen concentration.

AIChE Journal (Vol. 25, No. 2)

The problem of an effectiveness factor for nonuniform
outer surface concentrations was treated by assuming that
the catalyst particle was cubic in shape. Then, by super-
position theory, the linear differential mass balance with
nonhomogeneous boundary conditions could be solved
analytically for the intraparticle concentration as a func-
tion of the three rectangular coordinates. Combining this
result with the pertinent external mass transfer coeffi-
cients on the liquid and gas covered parts of the external
surface led to a prediction of the overall effectiveness
factor.

The global rate data for the equilibrium feed runs were
a function of but two parameters f and the mass transfer
coefficient from liquid to particle, k; .. Hence, the theoreti-
cal development could be used with the equilibrium-feed
data for two catalyst activities to calculate f and k... The
fractional coverage of liquid varied from about 0.7 at Re,
= 0.8 to unity at Re, = 32. These results fall within the
rather wide range proposed by Satterfield (1975), How-
ever, a small variation in f will result in a large change in
giobal rate in a reaction system for which mass transfer
resistances are large, that is, for high-activity catalysts.
The results for k. agreed well with the directly measured
mass transfer data of Goto and Smith (1975).

The method proposed for predicting the global rate in
trickle beds should be applicable to any reaction system.
However, in addition to a knowledge of f vs. liquid flow
rate, it is necessary to know mass transfer coefficients
from gas to porous particle, from gas to liquid, and from
liquid to particle surface.
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Vent

1. Thermostatic Bath 11. Thermometer

2. Styrene Reservoir 12. Dispersion Tube
3. Trickie—8ed Reactor 13. Sample Vaive

4. Condenser 14, Funnel

5. Pump 15. Deoxygenator

6. Rotameter 16. Drier (Silica Gel}
7. Liquid Preheater 17. Manometer

8. Gas Preheater 18. Distributor

9. Valve 19. Trap

10. Needle Valve 20. Catalyst Bed

Fig. 1. Schematic diagram of apparatus.

The performance of trickle-bed reactors can be in-
fluenced by several unique characteristics. Of particular
importance are the effects of gas-liquid-particle interphase
mass transfer and the fraction of the outer surface of
the catalyst particles covered by flowing liquid.

As pointed out in the review by Charpentier (1976},
there are few studies of interphase mass transfer in
trickle beds, in the gas continuous flow regime, with
catalyst particles of conventional size and shape. Goto
and Smith (1975) measured gas-liquid transfer coefficients
for oxygen absorption and desorption in water. Liquid-
solid transport rates were obtained for dissolution of
B-naphthol particles in water. Gas-liquid coefficients were
lower by almost one order of magnitude. Neither transfer
rate was affected by gas velocity.

Sedricks and Kenney (1973) and Satterfield and Ozel
(1973) concluded that a part of the outer surface of
the catalyst particles in a trickle bed was not wetted by
liquid. Colombo et al. (1976) and Morita and Smith
(1978) obtained some information about how f varied
with liquid flow rate Qr. The results of these studies and
others indicated that f increased with Qr and that f
approached unity at high liquid rates. However, Schwartz
et al. (1976), employing a pulse-response technique
concluded that f = 0.65 and was essentially independent
of liquid rate. ‘

Satterfield (1975) and Colombo et al. (1976) used
the term contacting effectiveness to treat quantitatively the
problem of incomplete liquid coverage. This effectiveness
was defined as the ratio of the observed first-order rate
constant (with no external diffusion resistance) in a
trickle-bed reactor to the rate constant in a liquid full
reactor.

The internal wetting, or fraction of the intraparticle
pore volume filled with liquid, was measured by Colombo
et al. (1976) and by Schwartz et al. (1976). Nearly
complete wetting was reported in both instances. When
the liquid wets the catalyst, the magnitude of capillary
forces would lead one to expect such results. In inter-
preting our experimental data, which were essentially
isothermal, it will be assumed that the pores are com-
pletely filled with liquid.
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Fig. 2. Effect of liquid rate on global reaction rate (liquid-full
operation).

A characteristic of the prior kinetic studies in trickle
beds has been the narrow range of observed rates. An
objective of our work was to operate over a range of
conditions such that large differences in global rates
were observed., These results should be helpful in ex-
plaining the complex effects of interphase mass transfer
and partial liquid coverage of the catalyst particles.

EXPERIMENTAL
A batch-recycle reactor system (Figure 1) was used
to measure reaction rates for both liquid full and trickle

Catalyst, % Pd 0.058
Shape Cubical

Particle mesh size 28-32 10-14

dpor L, em 0.0450 0.131

(kn), cm3/g s 0.725% 0.338*

s OF ¢ 3.28 9.55

Ns OF T 0.600 0.267

k, cm3/g s 1.25

De X 10%, cm?2/s 0.90

» 0.79

Catalyst, % Pd 0.75
Shape Cubical

Particle mesh size 28-32 10-14

dyor L, em 0.0450 0.131

(kn), em3/g s 1.78% 0.625*

¢s OF ¢¢ 6.09 17.7

s OF ¢ 0.389 0.153

k, em3/g s 4.30

D, % 10%, cm2/s 0.90

T 0.79

@ Reagent grade a-methy! styrene (Aldrich Chemical Co.).
t Technical grade a-methyl styrene (Dow Chemical Co.).
¢# Calculated from data published by Morita and Smith (1978).
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down through the reactor. The apparatus, method of oper-
ation, chemicals used, analytical methods, and catalyst
preparation were nearly the same as described in earlier
work (Morita and Smith, 1978). Complete details of the
operating conditions and properties of the gamma-alumina
particles used to prepare the catalyst are available (Her-
skowitz, 1978). All measurements were made at 40.6°C
and 1 atm pressure. For liquid full operation, an 0.93
ID reactor was used, and for trickle-bed operation, the
reactor ID was 2.54 cm. For the latter arrangement, the
liquid was introduced through a distributor containing
twelve 0.1 cm ID, 0.7 cm long capillary tubes uniformly
spaced over the reactor cross section. According to the
correlation and data of Herskowitz and Smith (1978), this
arrangement gives a uniform distribution of liquid across
the catalyst bed.

Two types of styrene were used: reagent grade with a
stated purity of 99% and containing no cumene, and
technical grade, 99.29 purity, with cumene the major
contaminant. The rates of reaction were different for

these two styrenes, as discussed later.
0.2% Pd Catalyst For the liquid full runs, catalysts containing 0.058,
1.0 Mesh Size 0.20, 0.75, or 2.5 wt. % palladium (on aluminum oxide)
10-140 . ¢ were employed. Two catalyst particle sizes were used,
28-324 9. (6) 28 to 32 and 10 to 14 mesh. Liquid flow rates were
0.5 10-14 e varied from 4.7 to 25 cm®/s. Rates were measured for
28-324~ Eq. (9) trickle-bed operation using the 0.75 and 2.5% palladium
catalyst particles of 10 to 14 mesh size. Liquid flow rates
ranged from 0.25 to 10 cm®/s and gas rates from 0.50
0 to 16 cm?¥/s (at 25°C and 1 atm). The solubility of
0 0.1 0.2 03 04 0.5 hydrogen in a-methyl styrene at 40.6°C and 1 atm used

-1

-0.593 -1/2 > ]
QL or [:0.4(1'63) / QLI/Z +0.2(1-€g) 2/3°L2/3A
Fig. 3. Effect of mass transfer correlation on (kn), (Q1, in cm3/sec).

operation. The amount of reaction was determined by
analyzing the liquid in the system for cumene. Figure 1
shows the arrangement for the trickle bed in which gas
(hydrogen or nitrogen) and o-methyl styrene (either
saturated with or free of hydrogen) passed concurrently

in analyzing the data was 2.85 X 10~¢ g mole/cm?® as
determined by Herskowitz, Morita, and Smith (1978).

CALCULATION OF REACTION RATES

In all of the experiments, the concentration of cumene
was nearly the same in all parts of the apparatus. During
one run, the volume of all the samples withdrawn for
analysis was small enough so that the total liquid volume
Viot changed by 1%. Under these conditions, the rate
could be calculated from the batch-recycle equation

TaBLE 1. RATE CoNsTANTs FrOM Ligump FuLL Reacror Data

0.20 0.50
Spherical Cubical Spherical Cubical®® Spherical®*
28-32 10-14 28-32 10-14 28-32 10-14 28-32 10-14 28-32 10-14
0.0557 0.162 0.0450 0.131 0.0557 0.162 0.0450 0.131 0.0557 0.162
0.725* 0.338* 0.806t 0.386t 0.806t 0.386t 1.321 0.5134% 1.32t 0.513¢%
1.02 297 3.61 10.5 1.13 3.29 4.95 144 1.55 451
0.664 0.229 0.570 0.245 0.626 0.273 0.457 0.183 0.507 0.206
111 151 1.36 2.84 2.55
1.40 0.80 1.40 0.90 1.40
0.50 0.79 0.50 0.79 0.50
2.5
Spherical Cubical Spherical Cubical®*® Spherical®*®
28-32 10-14 10-14 10-14 10-14 10-14
0.0557 0.162 0.131 0.162 0.131 0.162
1.78t 0.625t 1.98* 1.16¢ 1.98° 1.16% 1.06% 1.06t
1.92 5.58 51.7 302 16.1 9.57 26.6 8.79
0.431 0.169 0.0539 0.0900 0.0610 0.108 0.109 0.110
391 36.7 12.5 32.5 11.5 9.72 9.70
1.40 0.90 1.40 0.90 1.40
0.50 0.79 0.50 0.79 0.50

AIChE Journel (Vol. 25, No. 2)

March, 1979 Page 275



_ Vtot (dcc )
R= m dt (1)

During one run, the average concentration of hydrogen
in the catalyst bed was nearly constant. Also, the cumene
concentration increased no more than 19 during one
run. Since the total conversion of styrene to cumene was
always less than 59, the styrene concentration was
approximately constant and much greater than the hydro-
gen concentration. Accordingly, the reaction rate did not
vary during one run. Graphs of the measured cumene
concentration vs. time were linear, in agreement with a
constant rate, The rate was calculated from the slope
of such graphs using Equation (1).

Kinetics studies of the hydrogenation of a-methyl
styrene with a palladium catalyst

CaHsC(CHg) = CHz + Hz -> CsHsCH(CHa) - CH3
(2)

have been reported by Babcock (1957), Satterfield (1968),
and Germain et al. (1974). Their results indicate that
the reaction is first order in hydrogen and irreversible
for low hydrogen and high styrene concentrations. No
side reactions were observed.

ANALYSIS OF LIQUID FULL DATA

Rate Constants and Effective Diffusivity

Reaction rates calculated from the liquid full experi-
ments were used to evaluate the intrinsic rate constant
for each catalyst activity and the effective intraparticle
diffusivity. This requires separation of liquid-to-particle
and intraparticle mass transfer effects. For [first-order
kinetics, the rate may be written in terms of the surface
concentration of dissolved hydrogen:

R = kpsa,(CL — C,) = k’)Cs (3)

where Cp and C, are average concentrations in the dif-
ferentially operated reactor. Since the change in hydrogen
concentration trom entrance to exit of the reactor was
small, an arithmetic average could be used for Cy; that is

1 Rm Rm
CL:"Q“[Csat+(Csat_ QL )]:Csat_ 20
(4)

By eliminating C, and Cp from Equations (3) and (4),
the intrinsic rate constant k, effectiveness factor », and
liquid-to-particle mass transfer coefficient kp,a; can be
expressed in terms of the rate and other known quantities:

1 + 1 _ Csat m (5>
kn  kia, R 20L

Since kp.a; depends upon liquid flow rate and ky does
not, the rate vs. Qp data for one catalyst particle size
can be used to evaluate ky. Then the data for different
particle sizes are sufficient for obtaining k itself.

In order to use Equation (5) effectively, the right side
should be plotted vs. a function of Qy, such that a straight
line is obtained. A recent summary (Dwivedi and Up-
adhyay, 1977) of mass transfer data in packed beds
resulted in (for Re, > 10)

0.458
Ip = (Re,) —0407 (6)
€B
where
_ kLsas KL 273
Jp = 2 (pLD ) (7
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Re, = JotLrL (8)

KL

These equations suggest that kpse, is proportional to
ur059, or QL%993, Figure 2 displays typical data plotted
according to Equation (5). Extrapolation of the straight
lines gives an intercept equal to 1/ky. The resultant kn
values for all five catalyst activities (percent palladium)
and for both sizes of catalyst particles are given in Table
1. Whitaker (1972) correlated heat transfer data in
packed beds as an additive function of two different
powers of the Reynolds number. Adapted for mass trans-
fer, the correlation becomes

0.40 B 0.20
(Res) ~12 + -__EB)—__I/S

= -(ITGB)_—IIE (1 (Res) —1/3

(9)

Equations (7) and (9) indicates that kp.a; is proportional
to 0.4(1 — )~ 120,12 4 0.2(1 — ep) 2/3QL23. Ex-
perimental data plotted according to Equation (5) with
this relation between kp.a, and Q;, gave ky values within
1% of these obtained assuming kp.@; proportional to
Q12%, This is illustrated in Figure 3.

In trickle-bed operation, it is likely that only part of
the outer surface of the catalyst particles is covered by
liquid. Hence, the hydrogen concentration may not be
uniform over all of the outer surface. This leads to un-
symmetrical concenlration profiles within the particle,
and the conventional theory for effectiveness factors is
not applicable. As an approximate solution to this prob-
lem, we analyzed the trickle-bed data by assuming a
cubical shape for the particle. For this shape, an analytical
solution could be obtained for the effectiveness factor
for discrete values of the fraction of the outer surface
covered by liquid. Therefore, it was necessary to assume
a cubical shape for analyzing the liquid full data to
obtain k (and D.), even though the concentration may
be reasonably umiform in this case. For comparison,
values of k and D, were also obtained for spherically
shaped particles.

Separate values of k and % were determined by analyz-
ing the kn product values for the two particle sizes. The
intrinsic rate constant and D, should be independent of
particle size for a fixed catalyst activity. Hence, the values
of kn and relations v = f;(¢) and ¢ = fo(k, D, dy)
for each size provided four equations relating the four
unknowns: k, D,, and the two effectiveness factor (7)dp,
and (9)ap,. It is expected that D, would be the same
for all catalyst activities, Hence, the ky values for all
the catalysts could be used to obtain the best values of
D, and k. This was done by minimizing the square of
the differences between predicted and experimental values
of kn. For this purpose, data were available for two par-
ticle sizes for four catalyst activities (0.058, 0.20, 0.50,
and 0.75% palladium). For the calculations based upon
a spherical shaped particle, the conventional effectiveness
factor relation was employed

=] a0

Ip

¢s L tanh (3¢) 3s
with
_ dp pok \%
b=-2(2) (a

For the cubical shape, the following expression can be
derived (Herskowitz, 1978) for the effectiveness factor
in terms of cube size L and D, and k:
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(sin? \pp) sin2 A,

(12)

1 1 1
n)‘mzhn2 th mn ("‘" — si m) (_
&m (coth gua) 2 + v sin 2\ 5+

with
Am = (2m+1)—’2'-; m=12,
M= (2n+1) %; n=1,2, (13)
Emn = (Am? + A + ¢2) %
and
L ( ook )%
.= — (£ 14
$e = D. (14)

Equations (10) and (12) are for a first-order, irreversible
reaction.

The results for k and D, as calculated for both par-
ticle shapes are given in Table 1. With these values of
k and D,, experimental and calculated results for ky
differed by less than 5% for all of the catalysts. The
effective diffusivity, a particularly sensitive quantity, is
reduced about 359 when the cubical shape is used. In
contrast, the rate constants based upon a cubical shape
are within 10% of k values obtained by supposing that
the particles are spherical.

Catalyst activity depends not only on palladium con-
tent but on the purity of the «-methyl styrene. This is
shown in Table 1 for the 2.5% palladium catalyst where
data were obtained for both grades of styrene for the
larger particle size. The rate constant for the reagent
grade is about threefold that obtained with the technical
grade material.

The results for the 0.50% palladium catalyst and one
set of data for the 2.5% palladium given in Table 1 are
based upon the measurements of Morita and Smith (1978).
Their measurements were made in the same type of
apparatus and using the same experimental techniques.
Values of kn from their data were obtained by plotting
the right side of Equation (5) vs. Qp7%4%. An exponent
of —0.48 was chosen because it gave the most nearly
linear plot of the data. However, when our more exten-
sive results are included, there appears to be little differ-
ence in the deviation from linearity for exponents from
—0.3 to —0.7. Hence, it was believed most accurate to
use the correlations [Equations (6) and (9)] in extrapo-
lating the rate data. The values of ky (Table 1) differ by
about 20% from those presented by Morita and Smith.
The Morita results for the 0.5% palladium catalyst were
included in evaluating D, and k. None of the 2.5%
palladium results could be used because ¢ was too large.
For large ¢, the ratio of the effectiveness factors becomes
independent of k. Hence, the k values given for this
catalyst were calculated from ky using the diffusivities
determined from the data for smaller values of the Thiele
modulus. The k values in Table 1 for the two sets of
2.5% palladium catalyst, with the technical grade styrene,
differ by 15% (spherical shape) to 30% (cubical shape).
The two sets of data were obtained by different investi-
gators and involved different batches of the 2.59% pal-
ladium catalyst. The comparison is believed to be a
reasonable measure of the reproducibility of the experi-
mental results.

Tortuosity factors calculated from the equation

D
T= €p——

D. (15)
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4,

sin 2A, )

were less than unity, The value used for D, the molecular
diffusivity of hydrogen in o-methyl styrene, was 1.42 X
10~% cm?/s at 40.6°C. This is from the experimental
results obtained by Satterfield et al. (1968). Correlations
for D in organic liquids, proposed by Sporka et al. (1971)
and by Sovova (1976), give 2.36 X 10~* and 1.33
X 10~* cm?/s, respectively. Sovova mentioned that accu-
rate determination of the diffusivity of hydrogen in
liquids is difficult because of its low solubility. Uncertainty
in the value of D may explain the low values of 7,
although reported tortuosity factors in liquid filled pores
cover a wide range {Niiyama and Smith, 1976).

Liquid-to-Particle Mass Transfer

The ky values determined from the intercepts in Figure
2 can be used in Equation (5) to calculate kp.a,. These
experimental values of liquid-to-particle mass transfer
coefficients are compared with the Dwivedi and Upadhyay
and the Whitaker correlations in Figure 4.

In evaluating the two Reynolds numbers, the density
of a-methyl styrene at 40.6°C was taken as 0.893 g/cm?
(Dow Chemical Co., 1955) and the viscosity as 0.00717
g/ (cm) (s). The latter value was obtained by measuring
the viscosity at 23.8°C in a Cannon-Fenske viscometer
and extending this result to p; at 40.6°C using the
Thomas method (Reid et al, 1977). It is convenient
to make the comparison in terms of Jp as defined in
Equation (7). The total external surface area (per unit
mass) of the particles (assumed to be spherical) is
a; = 6/dypp, and the Schmidt number for hydrogen in
a-methyl styrene at 40.6°C is 56.7. For porous particles,
the effective external area will be assumed to be that of
the pore mouths. Hence, for comparison with nonporous
particles, upon which the correlations are based, Jp from
Equation (7) should be divided by e,. The experimental
points in Figure 4 were obtained in this way. The lines
for the Dwivedi and Upadhyay and for the Whitaker
correlation are given by Equations (8) and (9).

1.0

d, , cm Catalyst
0.7 P %P=
05 0.0557 0.162

Dwivedi (1977) g o 0058

. a 0.20
0.3 L a 0.50

L4 < 0.75
0.2 5

JD a [ ’7
Whitaker (1972) N
0.10
4 F A4
0.07 A L
0.05 o~
0.03
0.02
0.01
10 20 30 50 70 100 200 300 500 700 1000
Re

Fig. 4. Comparison of experimental and predicted Jp-factors for
liquid-full operation,
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Such kinetics experiments as ours do not provide an
optimum method of establishing mass transfer coefficients,
and the data points in Figure 4 scatter. However, a line
through the points would agree reasonably well with
either correlation, Note that if the mass transfer area
was not based upon the porosity of the particle, the
experimental points would be about 1009 below the
correlation lines.

TRICKLE-BED RATE DATA

The objectives of the trickle-bed studies were to deter-
mine the effect of partial liquid coverage and interphase
mass transport on the global reaction rate. To accomplish
this, reaction rates were measured for three feed arrange-
ments and for two catalyst activities for the same size
particles:

1. Pure hydrogen along with styrene saturated with
hydrogen was introduced to the top of the reactor. The
conversion of hydrogen in the liquid leaving the short
catalyst bed was always less than 10%. Hence, the average
hydrogen concentration in the liquid was always within
5% of the saturation value. Such equilibrium runs were
made over a wide range of liquid flow rates to augment
changes in liquid coverage.

2. Pure nitrogen gas and styrene partially saturated
with hydrogen were fed to the reactor. Since interphase
mass transter occurred in the top section and upstream
inert packing, the gas entering the catalyst bed was not
pure nitrogen, nor was the liquid saturated with hydrogen.
While hydrogen was continually fed to the absorber,
so much stripping of the liquid had occurred in the
reactor and lines that the liquid leaving the absorber
was not completely resaturated. At the highest liquid
rate, the hydrogen concentration entering the reactor
was 56% of saturation.

3. Pure hydrogen and styrene partially stripped of
hydrogen entered the reactor. Again, because of inter-
phase mass transfer in the inert packing and lines and
because of incomplete stripping (with nitrogen) in the
reservoir, the styrene feed to the reactor was not com-
pletely free of hydrogen. At the lowest flow rate the
concentration was 429 of its saturation value.

Equilibrium Feed

The ‘points in Figure 5 indicate a minimum in the
measured rate at an intermediate liquid flow rate for
the more active (2.5% palladium) catalyst. This suggests
that the fraction of the external particle surface covered
by liquid is less than unity. At low flow rates, the mass
transfer coeflicient from liquid to particle should decrease,
causing the global rate also to decrease. Hence, the
observed increase in rate cannot be explained in terms
of mass transfer and reaction being controlled by the
liquid covered surface. The data can be explained if
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part of the surface is covered by gas and if the gas-to-
particle mass transfer coefficient k,, is much higher than
the liquid-to-particle coefficient kzs. As an order of mag-
nitude estimate, k,; was calculated from the Dwivedi
and Upadhyay (1977) correlation which is applicable
for two-phase packed beds. Such ks values were two
orders of magnitude greater than k., obtained from the
correlation of Goto and Smith (1975), which is based
upon trickle-bed mass transfer data. Further evidence
for the high value for k;, is that our rate measurements
did not change significantly with gas flow rate at constant
liquid rate (Figure 5). Additional evidence is available
from the two other types of trickle-bed data. In other
words, we visualize that when f < 1, the measured global
rate has a significant contribution from the hydrogen
transported directly from gas to particle. For the equilib-
rium runs, this reaction occurs as a result of a high k,
and a small difference in hydrogen concentration in the
gas and in the liquid at the pore mouths of the catalyst.
Hence, as f decreases with decreasing Qp, the rate in-
creases. The reaction rate is unaffected by gas rate
because the gas-to-particle mass transfer resistance is
very small. The observed modest increase in rate at high
Qr, where f — 1.0, can be explained in terms of an
increase in kp with liquid rate.

The results for the low activity catalyst (0.75%
palladium) show no minimum. This is presumably due
to the decreased importance of mass transfer and f; for this
catalyst the rate is more nearly controlled by intrinsic
kinetics and intraparticle diffusion.

For comparison with the data points in Figure 5, rates
have been calculated assuming that the particle surface is
fully covered by liquid (f = 1). The rate was evaluated
from Equation (5) using the ky value for the 0.75 and
2.5% palladium catalysts given in Table 1. Equation (5)
is applicable when the hydrogen concentration in the
liquid is constant. Since conversions were less than 10%,
Cy is nearly constant for the equilibrium-feed experiments.
The mass transfer coefficient ky.a, was estimated from the
Goto and Smith (1975) correlation of trickle-bed data.
For application to our porous catalysts, the correlation
was corrected for the external surface available for mass
transfer (that is, for the porosity):

kLsas

0.6
= 90;—2( ":’:L ) (Sc) 13 (16)

These computed rates are seen in Figure 4 to agree
reasonably well with the data at high Qp, where f is
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believed to be nearly unity. At low Q, the computed
rates are much lower than experimental values because
the contribution of the gas covered surface, with its very
low mass transfer resistance, is not taken into account.

Nitrogen Feed

The rate data for a reactor feed of nitrogen gas and
partially hydrogen saturated styrene are shown in the
lower part of Figure 6. The rates for both catalyst activ-
ities approach zero as Qp approaches zero because of
the absence of reactant. It is instructive to compare the
rates shown here for the 2.5% palladium catalyst at
low Q,, with the rates for the equilibrium feed (Figure
5). The higher values in Figure 5 provide additional
evidence that the gas-covered surface can contribute
significantly to the global rate. The sharp increase in
rate with Qp for the lower curves in Figure 6 is likely
due to the increase in kisa; with Q;. The rate at the
highest Q, in Figure 6 is about one half that observed
for the equilibrium feed. This is expected because the
hydrogen concentration in the liquid feed at this Qy,
where f =~ 1, is also about half the saturation value.

Hydrogen Deficient Liquid Feed

Experimental rates for feed streams of styrene deficient
in hydrogen and of pure hydrogen gas are shown by the
upper two curves in Figure 6. The very high rates at
low Q,, indicate that part of the catalyst surface is covered
by flowing gas where the gas-to-particle mass transfer
coefficient is very high. The rates at low Qy, are less than
those for the equilibrium feed (Figure 5) because the
hydrogen concentration in the liquid is much less than
the saturation value, and, therefore, less hydrogen is
transferred on the liquid covered part of the surface.

The hydrogen concentrations in the liquid entering
the bed of catalyst particles were no greater in these
experiments than for the experiments described pre-
viously, Yet the rate values at low Qp are much higher
for the hydrogen deficient liquid data.

TRICKLE-BED EFFECTIVENESS FACTORS

The conclusion that f is less than unity, except at high
liquid rates, has also been reached in other investigations
(Satterfield and Ozel, 1973; Sedricks and Kenney, 1973;
Schwartz et al., 1976; Morita and Smith, 1978). If this
concept is accepted, it would be helpful to be able to
predict the effect of f and the several interphase mass
transfer coefficients, kys, Koz, krs, on the global rate. Such
results could be expressed, for a reaction for which the
limiting reactant is in the gas phase, in terms of an overall
effectiveness factor 7, defined by

R = 'qokceq (17)

if Henry’s law is valid, Coq = C,/H. Existing effectiveness
factor equations are not applicable for 5, because the
concentration of reactant is not uniform over the outer
surface of a catalyst particle. Such nonuniformity arises
because mass transfer rates on the liquid and gas covered
parts of the surface are not the same.

Derivation of an appropriate effectiveness factor equa-
tion for a spherical particle would not lead to an ana-
lytical result, even for first-order kinetics. Further, the
numerical solution would be cumbersome because of lack
of symmetry in the angular directions. However, an
analytical solution is possible for linear kinetics if the
particle shape is assumed to be cubic and one or more
whole faces of the cube are covered by gas or liquid.
For liquid filled pores and constant effective diffusivity,
the concentration within the pores can be described by
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a linear differential equation in rectangular coordinates.
The differential equation and the appropriate boundary
conditions may be solved by the separation of variables
method and the superposition principle (Hildebrand,
1976), provided that entire faces of the cube are covered
by gas or liquid. This means that the solution for the
intraparticle concentration C(x, y, z) could be obtained
for only discrete number of faces of the particle covered
by liquid, that is, for f = 1/6, 1/3, 1/2 ---- 1. In terms
of dimensionless variables, C’ = C/Cq, X = x/(L/2),
etc., the intraparticle concentration is described by
82C’ 3¢’ 8T
i 207
axe oy Tz T C (18)

where the Thiele modulus is defined by Equation (14).

Separate boundary conditions are necessary for the gas
and liquid covered parts of the catalyst surface. As an
illustration, suppose that the face of the cube at x = L/2
(X = 1) is covered by gas and that the other five faces
are covered by liquid. For the gas covered face, the
boundary condition is given by equating the mass transfer
rate of reactant in the gas to that in the pores. Thus, for
the face atx = L/2

oC
Ezlkgs[ceq — Cy=1,2] = D¢ ( ) (19)
0x / z=Ls2

In dimensionless form this becomes

aC’ ,
TaX +oogC =y at X =1 (20)
where
epkgs (L/2)
Qgs — —p—gflTe—- (21)

For the five liquid covered faces, the boundary condi-
tion expresses the equality of mass transfer rates from
gas to liquid and liquid to solid. For example, at z = L/2,
where

aC
Kjp(Ceq — Cr) = k1 (Cr — Ca=r2) = De( )
0% / 2=Ls2

(22)
If Henry’s law is valid
1 1 1

s 23
K. Hh o (23)

Analogous boundary conditions would apply on the four
other liquid covered faces at X = —1,Y = =1, Z = —1.
The formulation of Equation (22) supposes that the
liquid rivulets in the trickle bed are thick enough that
the concentration gradients near the phase boundaries
occupy but a small part of the thickness. That is, the
major part of the liquid has a uniform, bulk concentration
Cr. The concentration Cp can be eliminated from Equa-
tions (22) and the result expressed in dimensionless
form as follows:

ac’ 1 1

+ C = at Z=1
0z 1 1 1
+ +
OLs agL Qs Qg1
(24)
where
K, L/2
Qg1, = ——QDT—' (25)
and
kp.(L/2)
aLe = & ._.—D:-— (26)
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Equation (18) and boundary conditions (20) and
(24) can be solved by converting the five equations of
the form of Equation (20) to homogeneous boundary
conditions. The principle of superposition is used to add
the effects of the actual nonhomogeneous form of Equa-
tion (20). The solution gives C’(X, Y, Z) for f = 5/6.
The next step is to calculate the effectiveness factor from
its definition. In terms of pore-mouth concentration gra-
dients, the result is

_ R
No — kceq
L/2 ("L/2 aC aC
ARG NL
_ °£L/2£L/2 0x / z=Ls2 0X /z=—L/2 ydz
= L#kCeq
Dfmfm[(aC) (BC) ]ddz
—_ - — X
N € J-L/2V-L/2 ay y=L/2 oY / y=—Ls2
L3kCeq
L/2  (*L/2 aC aC
D (). (), e
4 J‘—L/zf—uz 0z / s=Ls2 02 Jz=-Ls2 Y
L3kCeq

(27)

Converting Equation (27) to dimensionless form and
using the solution C’(X, Y, Z) gives an expression that
can be solved for n,. The result applies for f = 5/6 and
is quite lengthy. It is given in the appendix [Equation
(Al)]. Equation (Al) is a function of k (through é.)
and the three mass transfer coefficients involved in the
definitions of ags, agr, and ags.
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Solutions for the other values of f, 4/6, 3/6, etc., can
be obtained by again applying superposition theory. These
solutions are available (Herskowitz, 1978). There are
two ways of considering f = 2/6 and 4/6. Two sides
of the cube covered with liquid may be taken parallel
or perpendicular to each other. This gives either sym-
metric or unsymmetric boundary conditions and leads
to solutions different in form. However, the numerical
values of n, are nearly the same (within 1%) for the
two cases.

Figure 7 shows predicted 7, for the particular case of
kys =~ o (ags =~ ), Ceq =~ Cr, and for 4 = 17.7 and
¢ = 51.7. These conditions apply for the equilibrium
feed runs; the Thiele moduli correspond to k values for
the L = 0.131 cm particles of 0.75 and 2.5% palladium
catalysts, as shown in Table 1. The points for the seven
discrete values of f form smooth curves.

Figure 7 shows that the overall effectiveness factor is
sensitive to the fraction of the surface covered by liquid
when this fraction is large. This sensitivity is due to the
negligible mass transfer resistance from gas to solid so
that as f increases there will be less surface and less
reaction arising from the gas covered part of the particle.
The effect is increased as the mass transfer coefficient
on the liquid covered surface op, decreases, since mass
transfer through the liquid covered surface also decreases.
As expected, 7, is less for the more active catalyst (larger
¢o)-

It seems that in trickle-bed reactors k,; will be much
larger than ki, For this situation, the strong dependency
of n, on f, illustrated in Figure 7, is likely to occur. In
any event, the theory proposed in this section offers a
method for predicting the global rate for any values of
the three mass transfer coefficients. The theory is applied
in the next section to our trickle-bed data to obtain
information about f and some of the mass transfer co-
efficients.

WETTING EFFICIENCY (f) AND LIQUID-PARTICLE
MASS TRANSFER

For our data with gas and liquid feed streams . in
equilibrium, the liquid is saturated with pure hydrogen.
In this case, the boundary condition on the liquid covered
surface becomes, instead of Equation (22)

aC
eokis(Cou = Comrrt) = Dy ( 22 (28)
dz z2=L/2
or, in dimensionless form
ac’ )
oz + a1sC’ = ap, (29)

Now, the solution for v, is not a function of Ky (or ag).
The result can be obtained from Equation (Al) by
taking agrs = ars Since kg has been shown to be much
larger than ki, the mass transfer resistance from gas to
particle can be neglected; that is, ags — <. Then 5, =
F(f, aLs, ¢c). Figure 7 shows this function for the two
values of ¢, (two catalyst activities) for which equilibrium
feed data were obtained.

The rate data in Figure 5 and the curves in Figure 7
can be used to evaluate f and «, at each liquid flow
rate. Thus, at any liquid rate, », can be calculated for each
catalyst from Equation (17). These values of 7, are
used in Figure 7 to find f and ar, These two quantities
should be independent of catalyst activity (for the same
particle size). Hence, the two sets of curves in Figure 7,
one for each catalyst, provide two relations which can
be solved for f and ags. A trial and error procedure can
be avoided by cross plotting the curves in Figure 7 as »,

AIChE Journal (Vol. 25, No. 2)
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for one catalyst vs. 7, for the other, with ars and f as
parameters.

The circular data points in Figure 8 show f values
calculated in this way using the rate data in Figure 5.
The liquid coverage is complete at u;, = 2 cm/s and
decreases to 0.7 when uy, falls to 0.05 ecm/s. The shaded
region was proposed by Satterfield (1975), and our
results fall within his predictions. Also shown are the
values of f calculated using our rate data and the model
proposed by Morita and Smith (1978). Their model is
a more approximate, simpler approach, based upon adding
contributions to the rate from the liquid and gas covered
parts of the catalyst particle. The model neglects all
mass transfer resistances except from liquid to particle
and assumes that the conventional expression for 5, based
upon uniform surface concentration, is applicable. In
analyzing their own experimental results with their model,
Morita and Smith found f to be about 0.89 and indepen-
dent of liquid rate. However, we believe our method
of treating the experimental data, particularly the extrapo-
lation to obtain ky (Figure 2) and the separation of k
from ky, is more accurate.

From tracer experiments, Schwartz et al. (1976) found
f = 0.66, independent of liquid rate. Columbo et al.
(1976) reported values of f that are within the range
proposed by Satterfield.

AIChE Journal (Vol. 25, No. 2)

In summary, it seems that § has values that will, in
most circumstances, fall within the shaded zone in Figure
8. Since f has a limited range, perhaps more important
than the value of f is its effect on the rate. At a liquid
rate corresponding to u;, = 0.2 cm/s, our data give f =
0.84, If instead, f = 0.94 (near the upper end of the
shaded zone in Figure 8), the global rate for the 2.5%
palladium catalyst would decrease by 40%. For this
particular case, the rate is rather sensitive to f. Conversely,
the sensitivity of f to the interpretation of experimental
rate data is low. For example, if the effective diffusivity
is taken to be 40% higher than the value of 0.90 X
10~* cm?/s (Table 1), f changes by less than 29 and
oL by less than 10%.

The ars values calculated from the equilibrium-feed
runs and Figure 7 were converted to Shy, using Equation
(26) and Shr, = kisL/D. The results are given in Figure
9. The line in Figure 9 represents the Goto and Smith
correlation modified to be applicable for porous particles;
that is k., was calculated from Equation (18) and then
used to evaluate Shr;. The agreement is better than ex-
pected, since Equation (16) is based upon mass transfer
data for nonporous particles, while the data points rep-
resent extensive analysis of reaction rate data through the
theory represented in Figure 7. Also shown in Figure 9
are values calculated from the Morita and Smith (1978)
model. These results are about 25% higher.

In the nonequilibrium experiments for a gas feed of
nitrogen and for hydrogen deficient liquid feed, mass trans-
fer from gas to liquid was significant because the concen-
tration difference between phases was large. In principle,
it is possible to evaluate K;r from such data. Attempts to
do this were not very successful because the extent of mass
transfer in the bed of inert particles, upstream from the
catalyst, was uncertain. This meant that the hydrogen
concentrations in the gas and liquid entering the catalyst
bed itself were not equal to the measured concentrations
in the reactor feed.
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NOTATION

a; = total external area per unit mass of catalyst, cm?/g

a;, = effective liquid-particle mass transfer area per
unit mass of catalyst, cm?/g

C = concentration of reactant in the liquid filled pores,
mole/cm3

Cr = concentration of reactant in the bulk liquid,
moles/cm?

Csat = concentration of hydrogen in the liquid in equi-
librium with pure reactant gas, moles/cm?

C’ = dimensionless concentration, C/Ceq

Ceq = concentration of gaseous reactant in the liquid
in equilibrium with the gas, g mole/cm?

D = molecular diffusivity of hydrogen in «-methyl
styrene, cm?/s

D, = effective diffusivity of hydrogen in liquid filled
pores, cm?/s

d, = equivalent spherical diameter of catalyst par-
ticle, cm

f = wetting efliciency; fraction of external surface of

catalyst particle covered by liquid
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H = Henry’s law constant, (cm?® of liquid) /(cm?® of
as )

Ih = %nass transfer factor, defined by Equation (7)

K, = overall gas-liquid mass transfer coefficient, cm/s

k = intrinsic, first-order rate constant, cm3/(g) (s)

ks = gas-solid mass transfer coefficient, based on the
effective mass transfer area, cm/s

k, = gas-liquid mass transfer coefficient on the liquid
side of the interface, cm/s

k, = gas-liquid mass transfer coefficient on the gas
side of the interface, cm/s

ki, = liquid-solid mass transfer coeflicient, for both
liquid full operation and trickle-bed operation,
based on the effective mass transfer area, cm/s

L = equivalent length of cubical catalyst particle, cm

m = mass of catalyst in reactor, g

Q. = liquid flow rate

Re, = Reynolds number, dppptir/py, for spherical shape

Re, = Reynolds number, Lpiur/pr, for cubical shape

S. = Schmidt number, u1/p.D

Shys = Sherwood number, ki L/D

Q. = liquid flow rate, cm3/s

R = global rate of reaction, g mole/(g) (s)

t = time, s

v = superficial velocity, cm/s

Vit = total volume of liquid in reaction system, cm3

x, Y, 3= rectan gular coordinates
X, Y, Z = dimensionless rectangular Cartesian coordinates

Greek Letters

ags = dimensionless gas-solid mass transfer coefficient,
gas covered side of the particle, eykgs(L/2)/D,

ag, = dimensionless gas-liquid mass transfer coeflicient,
K, (L/2)/D,

ar; = dimensionless liquid-solid mass transfer coeffi-

cient, liquid covered side of the particle,
epkrs(L/2)/D,

agrs = dimensionless gas-liquid-solid mass transfer de-
fined by Equation (A2)

eg = interparticle void fraction in reactor

e = porosity of particles

ne = effectiveness factor for cubic particle shape with
uniform surface concentration, Equation (12)

ns = effectiveness factor for spherical particle shape
with uniform surface concentration, Equation
(10)

no = overall effectiveness factor for nonuniform sur-
face concentration defined by Equation (17)

# = viscosity, g/ (cm) (s)

P = density, g/cm3

pe = bulk density of particles in bed, g/ (cm? of bed)

T = tortuosity factor

¢. = Thiele modulus for cubic shape, defined by
Equation (14)

¢; = Thiele modulus for spherical shape, defined by
Equation (11)

Subscripts

¢ = cumene

f = feed

g = gas

L = liquid

p = particle

s = external surface of catalyst
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APPENDIX
The expression for the effectiveness factor, Equation (27),

using the solution to Equation (18) for the special case of f
= 5/8, is given by
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Interfacial Effects in the Displacement
of Residual Oil by Foam

A qualitative theory is developed to explain the roles of surface ten-
sion and the two surface viscosities in the displacement of foams through
porous media. There is a critical value of the surface tension above which
a foam cannot be displaced under a given pressure gradient. The displace-
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ment efficiency of a foam can be raised by increasing the surface tension
to only slightly less than this critical value, by increasing the viscosity of
the aqueous surfactant solution from which the foam is formed and by
increasing the surface viscosities. These predictions are in agreement with

available experimental data.

SCOPE

Petroleum is found in the microscopic pores of sedi-
mentary rocks such as sandstones and limestones. Not all
of the pores are filled with petroleum. Some of the pores
contain water or brine that is saturated with minerals
from the local rock structure.

In the primary stage of production, oil and brine are
driven into a well from the surrounding rock by the rela-
tively large difference between the initial field pressure
and the pressure in the well. In the secondary stage of
conventional production, water or steam is pumped into
a selected pattern of wells in a field forcing a portion of
the oil toward the production wells.

A number of tertiary recovery techniques have been
proposed (Geffen, 1973). The one with which we shall

0001-1541-79-2159-0283-$00.85. © The American Institute of Chem-
ical Engineers, 1979.
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concern ourselves here is a gas drive, in which the resid-
ual oil is displaced by a gas. The most favorable condi-
tions for displacement would occur if the gas were mis-
cible with the oil at the reservoir temperature and pres-
sure. But even if the gas is not miscible with the oil, it
will still be soluble in the oil under reservoir conditions.
This can result in a reduced viscosity of the oil, a re-
duced density of the oil (the volume of the oil would be
increased), and possibly a reduced gas-oil interfacial
tension. Any combination of these factors can enhance
the displacement of residual oil.

A major disadvantage of a gas drive is that the mobil-
ity of the gas (the ratio of the relative permeability of the
gas to its viscosity) is much larger than the mobility of
the oil. This results in an unstable displacement, with the
gas fingering ahead through the oil and water and by-
passing the majority of it.
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